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Gas dispersion in an airlift reactor focusing on the closure law on turbulent contri-
bution of added mass is presented. A data bank for bubbly flow in an airlift reactor is
presented. The liquid velocity is measured by hot film anemometry and gas fraction
and velocity are measured with an optical probe. The sensitivity of numerical simula-
tions of gas dispersion to the modeling of turbulent contribution of added mass is
shown. Without the turbulent contribution, the bubbles move toward the region where
the turbulence is high and the pressure is low. When the turbulent contribution is
introduced, the bubble migration towards the low pressure region is counter-balanced
and the void fraction profile is significantly modified. The modeling of the turbulent
contribution of added mass is expressed in terms of the turbulent correlations in the
gas phase, u

0
Giu

0
Gj, that can be related to the Reynolds stress in the liquid phase, u

0
iu

0
j.
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Introduction

Gas–liquid reactors are used industrially, for instance, in
the field of chemical engineering, biotechnology, and water
treatment. In particular, bubble columns and airlift reactors
have three main advantages: the first is their low-energy con-
sumption; the second is the large interfacial area; and the
third is the presence of low-shear stresses, avoiding cell
damage in bioreactor application. Thus, scaling of mixing
and mass transfer in bubble columns and airlift reactors is of
significant industrial importance. However, scaling-up bubble
columns and airlift reactors remains difficult. Part of the dif-
ficulty lies in the fact that in large scale reactors, the spatial

heterogeneity of bubble distribution within the reactor, in
terms of phase fraction and bubble size, is increased, in
comparison with the pilot scale. Indeed, the spatial heteroge-
neity of bubble distribution within the reactor is mainly due
to gas dispersion. Therefore, this article addresses gas disper-
sion in air lift reactor.

The analysis of the experiments in bubbly flows indicates
that in comparison with single phase flows, the structure of
the turbulence can be modified in various ways. In two-
phase bubbly flows with low turbulence intensities (for
example, weakly shear flows), the presence of bubbles con-
fers a significant increase of the turbulence by comparison
with the equivalent single phase case.1,2 The experimental
results of Lance et al.3 obtained in a bubbly homogeneous
flow subjected to a constant shear show that the mechanism
of redistribution of the turbulence is strongly altered by the
presence of bubbles. It is revealed by tendency of turbulence
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to isotropy and by a sometimes important decrease of the
turbulent friction. Generally speaking, the experimental
observations obtained in bubbly flows in vertical pipes show
an increase of the turbulent fluctuations in weakly sheared
zones (in the neighbourhood of the axis of the pipe) while
close to walls, where the production of the turbulence by
shear flow is important, the effect of bubbles is more com-
plex and can even lead, under certain conditions, to a damp-
ing of the turbulence intensity in comparison with the equiv-
alent single phase case. Several authors tried to analyze the
mechanisms which control the level and the structure of the
turbulence in bubbly flows with the objective to develop
adequate models to represent these phenomcna.3–6 These
analyses attempted to specify the dominant phenomena
which play a role in the structure of the two-phase turbu-
lence. These studies have indicated that the structure of tur-
bulence in bubbly flows results from a competition between
several phenomena, the most important ones being the pro-
duction, the dissipation, the damping by bubbles, and the
redistribution. The production of the turbulence is associated
with two processes: the turbulence induced by the shear
flow, as for single phase flows, is produced by the average
gradients of velocity and turbulence can also be produced by
the fluctuating movement of bubbles. The turbulence pro-
duced by the fluctuating movement of bubbles increases con-
siderably the turbulence in the flows with weak average gra-
dients (grid turbulence, inside kernels of shear flows, and
external boundary layers). On the other hand, measurements
in bubbly flows in pipes show that the turbulent stress can
be either more or less important than in single phase flow.
The dissipation of the turbulence, when it increases, can
induce a reduction of the turbulence, as observed in certain
shear flows.6 Indeed, the wakes of bubbles can contribute to
an increase of the dissipation. Nevertheless, the experiments
of homogeneous turbulence of Lance and Bataille1 indicate
that there is a balance between production and dissipation in
the wakes of bubbles. Through an analysis of the characteris-
tic time scales of production, transfer, and dissipation of the
turbulent kinetic energy, these authors show that the energy
produced in the wakes of bubbles is directly dissipated
before its transfer takes place. The redistribution between the
diagonal components of the Reynolds stress tensor plays an
essential role in the modification of the structure of turbu-
lence in two-phase flows. This was observed in the experi-
ments of Lance et al.3 on the flow of homogeneous turbu-
lence with constant shear. The experimental results which
concern the various components of the Reynolds stress ten-
sor indicate, for a certain shear range, a tendency to isotropy
that is more pronounced than in single phase flow together
with a significant damping of the turbulent stress. The damp-
ing of the turbulence in bubbly flow was also observed in a
pipe.7,8 These authors show that except for the central zone
of the flow, the isotropy of the two-phase flow is more pro-
nounced than for the single phase flow accompanied by a
decrease of the turbulent shear and sometimes a damping of
the turbulent intensity. The experiments of Serizawa et al.8

indicate that this damping concerns only the longitudinal
component that indicates a more important transfer to the
other components. On the other hand, an increase of the ani-
sotropy of the turbulence is observed in certain low shear
flows as those of homogeneous turbulence1 or locally in the

central zone of the flows in a pipe. The analysis of these sit-
uations where the production by the average gradients is
weak and where the turbulence in single phase flow is a pri-
ori isotropic allows the supposition that the turbulence
induced by bubbles, which is fundamentally anisotropic,
overlaps in a sheared flow turbulence. Indeed, the experi-
ments of ascending bubbles in a stagnant liquid indicate that
in the absence of turbulent shear flow, the turbulence
induced by bubbles is anisotropic.9,10 In a general way, the
mechanisms which control the turbulence in bubbly flows
are far from being independent. Their consideration in the
closure laws of the transport equations of the turbulent varia-
bles leads, as we will see later, in remarkable improvements
of the closure of the turbulence. In terms of turbulence mod-
eling in bubbly flows, there are the models using a single
time scale. It means that, in this kind of models, we do not
proceed to the decomposition between the turbulent fluctua-
tions produced by shear and those produced by bubbles.11–15

Among these models, one can distinguish the models derived
to the first order and the models derived to the second order.
There are also models which adopt two time scales, to dif-
ferentiate between two types of fluctuations. These models
may include an implicit or explicit decomposition of the tur-
bulence which associates with Reynolds tensor a ‘‘turbulent’’
part and a ‘‘pseudo-turbulent’’ part due to bubbles.3,5,6,16–19

The role of the turbulence in the migration of bubbles in
bubbly flows in vertical pipes was mentioned by Drew and
Lahey.20 By neglecting all the interfacial forces, these
authors established analytically an expression which relates
the radial distribution of phase fraction with the pressure
gradient. As the transverse pressure gradient becomes de-
pendent on the turbulence, Drew and Lahey20 managed to
connect the distribution of the phase fraction with the struc-
ture of the turbulence of the continuous phase. This formula-
tion allowed reproducing the trends of distribution of the
phase fraction, in particular, in terms of the peak of phase
fraction close to the wall.

The experiments of bubbly flows in a pipe under micro-
gravity conditions21 show that this formulation is incomplete
since in microgravity the profiles of phase fraction are
inverted without the profiles of turbulence being modified.
As in microgravity the interfacial exchange associated with
the average relative velocity is weak, this result opens the
question of the role of the turbulent contribution of the inter-
facial exchange on the distribution of the phase fraction in
bubbly flows. In their experiments of bubbly flow with in a
sudden extension, Bel F’dhila22 and Bel F’dhila and Simo-
nin23 managed to establish experimentally that the transverse
balance assessments of momentum cannot be closed if we
consider only the average contributions of the terms of inter-
facial exchange of momentum. Thus, they showed the im-
portance of the turbulence terms stemming from the average
of the interfacial terms in the exchange of momentum and
consequently in the resulting distribution of the phase frac-
tion.

Generally speaking, the two fluid models, at least in their
usual formulations, do not take into account in a clear way
the turbulence terms stemming from the average of the terms
of interfacial exchange, even if certain modeling works tried
to introduce in a more or less precise way these contribu-
tions. Several modeling works suggest introducing the
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turbulent contributions of the interfacial transfer of momentum
in terms of a dispersion term which should be proportional to
the gradient of phase fraction.24,25 Others focus on the turbu-
lent contribution of the added mass.23,26 The model proposed
by Chahed et al.26 will be discussed in this article and com-
pared with experimental data acquired in an air-lift reactor.

The Eulerian two-fluid model will be used in this study. It
constitutes an effective tool to predict the characteristics of
the hydrodynamics of these reactors. There are several works
in the literature which were interested in the Eulerian model-
ing of these gas-liquid reactors. One of the first works dedi-
cated to bubble columns is that of Sokolichin and Eigen-
berger.27 This analysis of bubble columns was followed by
several works.28–30 In the past, airlift reactor modeling has
been performed at different levels. First, global empirical
correlations have been developed31 and global models have
been proposed.32 Then, local analysis based on numerical
simulations has been developed. In a review, Merchuk69

mentioned only three works using CFD for airlift reactors:
Cockx et al.33,34 and Mudde and van den Akker.35 In Cockx
et al.,33,34 the ASTRID code was used. It was the first
attempt at modeling bubbly flow in an airlift reactor, based
on a local two-fluid model. However, the closure relation for
momentum interfacial transfer was limited to drag. Mudde
and van den Akker35 used a very similar model but their val-
idation of the model was limited to global gas fraction.
Since then, Van Baten et al.,36 Oey et al.,37 and Talvy
et al.38,39 presented CFD works to describe hydrodynamics
of internal loop airlift reactors. The simulations of Van
Baten et al.36 were based on the CFX code. In their Eulerian
approach, these authors modeled the interfacial transfer of
momentum in terms of drag, without added mass effects and
without gas bubble turbulent dispersion. Good agreement
between simulations and experiments was obtained in terms
of global gas hold up and global liquid circulation. Oey
et al.37 presented numerical simulations of an oscillating in-
ternal loop airlift reactor. 3-D simulations were performed
using an Eulerian two-fluid approach. The interfacial transfer
of momentum was modeled in terms of drag, including the
classical added mass effect. The authors focused on transient
phenomena and compared the predicted period of oscillations
in the downcomer with experimental values. Talvy et al.38,39

presented numerical simulations obtained with the Fluent
code. Gas bubble dispersion was accounted for in terms of a
drift velocity which was shown to play a key role in the simu-
lations. The validation of the simulations was discussed in
terms of global values (global gas hold up in the riser and
downcomer and global liquid circulation). In addition, the val-
idation included comparison of longitudinal profiles of gas
fraction in the riser and the downcomer as well as transversal
profiles of the liquid velocity in the nonaerated part of the
downcomer. This last study, which included mass-transfer
modeling, concluded on the existence of significant spatial
heterogeneity of oxygen concentration in the gas.

The object of this article is to discuss closure laws of mo-
mentum transfer related to gas dispersion in the airlift con-
figuration. Without lift force and without turbulent added
mass term, the bubbles move toward regions where the tur-
bulence is high and the pressure is low. Lift can counterbal-
ance the pressure gradient only in the case where the veloc-
ity gradient has the same sign as the pressure gradient (or

the turbulence gradient). Furthermore, modeling of the lift
force remains controversial. When the turbulent added mass
contribution is introduced in the model, the bubble migration to-
ward the low pressure region can be counter-balanced and the
void fraction profile can thus be significantly modified. In this
article, we illustrate and discuss the sensitivity of the simulation
to momentum transfer modeling to highlight the role of the tur-
bulent contribution of the added mass to predict the dispersion
of gas bubbles in a two-fluid model. The pilot geometry retained
in this study is an internal loop airlift reactor. The CFD code
used for performing numerical simulations is MELODIF.

We first present the two-fluid model, highlighting the
main closure formulations, on both turbulence and exchange
of momentum between gas and liquid. Different models of
exchange of momentum between gas and liquid are dis-
cussed. The model proposed by Chahed et al.26 including the
influence of the turbulent part of added mass force is pre-
sented. This model includes no lift, no drift velocity and no
turbulent dispersion term.

This model is tested in the airlift reactor and compared
with a data bank obtained for this study. Subsequently, a
sensitivity analysis to the parameters of the model is pre-
sented and discussed. In our experiments, air bubbles are
injected in the airlift reactor by means of a membrane; the
size distribution of injected bubbles is thus almost mono-dis-
persed. Because of low gas fractions and low shear, both co-
alescence and break-up effects are non dominant. Conse-
quently, in this study, focusing on momentum transfer in
two-fluid model, the bubble diameter will be fixed at the
inlet and considered to remain constant. In addition, this
study is limited to bubbly flow pattern and low gas fraction;
churn flow is out of the scope of this article.

Two-Fluid Model: Averaged Equations and
Closure Issues

We denote the local void (gas) fraction as a and we
define, for each instantaneous variable U, the mean and fluc-
tuating values, respectively, U and U

0
in the liquid phase;

the variables related to the gas phase have the subscript G.
For incompressible bubbly flow, without interfacial mass
transfer, the average continuity equations in the liquid and in
the gas, respectively:

@ð1� aÞ
@t

þ @

@xi
ð1� aÞui
� � ¼ 0 (1)

@a
@t

þ @

@xi
ðauGiÞ ¼ 0 (2)

where ui and uGi are the liquid and the gas velocity
components respectively.

The averaged equations of momentum in the liquid and in
the gas are written for turbulent bubbly flows (the viscous
stress tensors are neglected in comparison with the turbulent
correlations):

qð1�aÞDui
Dt

¼�ð1�aÞ@p
@xi

�q
@

@xj
½ð1�aÞu0iu0j�þqð1�aÞgi�aMGi

(3)
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qGa
duGi
dt

¼ �a
@p

@xi
� qG

@

@xj
½au0Giu0Gj� þ qGagi þ aMGi (4)

where D
Dt ¼ @

@t þ uj
@
@xj

and dG
dt ¼ @

@t þ uGj
@
@xj

are the material
derivatives following the liquid and gas phases, respectively, p
is the pressure, q and qG are the liquid and gas densities,
respectively.

The set of Eqs. 1–4 constitutes the classical two-fluid
model. Solving the system requires the expression of closure
relations on turbulent stresses in the liquid, u0iu

0
j, on turbulent

terms related to the gas phase, u0Giu
0
Gj and on the interfacial

momentum transfer, MGi. These different closure points are
addressed in the following. In this article, we mainly focus
on the modeling of interfacial transfer of momentum, to
reproduce the dispersion of the gas. In fact, turbulence mod-
eling cannot be ignored. In particular, the closure of turbu-
lent correlation in the gas phase, u0Giu

0
Gj, appears to play a

key role not only in the momentum equation of the gas but
also in the momentum transfer term.

Turbulence modeling in two-fluid model

In the two fluid model (Eq. 1–4), there appear two kinds
of turbulent stress, the classical Reynolds stress tensor com-

ponents in the continuous liquid phase, u0Giu
0
Gj and a turbu-

lent term related to the dispersed gas phase, u0Giu
0
Gj. In this

work, the turbulent viscosity concept will be retained to
close the Reynolds stress tensor in the liquid phase:

� u0iu
0
j ¼ Vt

@ui
@xj

þ @uj
@xi

8>>: 9>>;� 2

3
k dij (5)

where Vt is the turbulent kinematic viscosity and k is the
turbulent kinetic energy, per unit mass, in the liquid phase. A
basic problem of such a modeling consists in accounting for
the effect of dispersed gas phase (bubble) on the structure of
the turbulence in the continuous liquid phase.

Sato and Sekoguchi40 were the first to propose accounting
for bubble effect on turbulence by adding linearly a bubble
induced viscosity to the turbulent viscosity. The added vis-
cosity induced by bubble displacement was expressed in
terms of bubble diameter d and the magnitude of the relative
velocity between the gas and the liquid. Lopez de Bertonado
et al.12 followed this pioneering work. In their work, the ki-
netic energy induced by bubbles is calculated by a transport
equation, referring to asymptotic values of the kinetic energy
induced by bubbles estimated from potential flow theory.

Nevertheless, experiments concerning homogeneous uni-
formly sheared bubbly flow3 indicate that the turbulence in
bubbly flow can be more isotropic than in single phase flow;
thus, a significant reduction of the turbulent shear can be
observed, in comparison with the equivalent single-phase
flow. In terms of turbulence modeling, these experimental
results suggest that a second-order turbulence closure model
should be needed to take into account the effect of the bub-
bles on the redistribution mechanisms between the normal
components of the Reynolds stress tensor. Chahed et al.18,26

developed such a second-order turbulence model, in which
the Reynolds stress tensor of the continuous liquid phase
was separated into two parts: a turbulent part, produced by
the gradient of mean velocity and a pseudo-turbulent part,

induced by bubble displacements; each part was determined
by a transport equation. The transport equation for the turbu-
lent part of the Reynolds stress tensor was modeled as in
single phase flow; a supplementary effect of the bubbles was
introduced in the closure of the redistribution and diffusion
terms. The reduction of the second-order turbulence closure
provided an original formulation of the turbulent viscosity in
bubbly flows that will be tested in an airlift reactor in this
article. This turbulent viscosity can be written as:

Vt ¼ Vt0

ð1þ ks
k0
Þ

ð1þ a st
ss
Þ (6)

where vt0 is the classical turbulent viscosity, k0 is the turbulent
part of kinetic energy, ks is the pseudo-turbulent part of kinetic
energy, st is a characteristic time scale related to the vortex
stretching, and ss is a characteristic time scale related to
bubble (size and relative velocity). The relation (6) for the
turbulent viscosity exhibits interesting trends. When the
pseudo-turbulent part of the kinetic energy ks is large in
comparison with the turbulent part k0, the turbulent viscosity
can be increased. It is particularly the case in bubbly flows
where the amount of bubble-induced turbulence is important,
such as in mixing layer and bubbly wake experiments. Roig
et al.2 On the contrary, when the shear induced turbulence is
rather important as in highly sheared bubbly flows, the effect
of the supplementary stretching may be a source of turbulent
viscosity decrease. Thus, a turbulent viscosity decrease may
occur when the ratio between the bubble-induced turbulence
and the shear-induced turbulence is sufficiently weak (for
instance: ks

k0
\a st

ss
). It is, for example, the case of the

experiments of homogeneous shear bubbly flow.3 The analysis
of the turbulence structure in this bubbly flow showed that the
turbulent viscosity closure (Eq. 6) succeeded in reproducing
the reduction of the turbulent shear stress observed in bubbly
flows in comparison with the equivalent single phase flow.19

In two-phase flow reactors, the gas-liquid hydrodynamic
interactions are strong and turbulent mixing can be signifi-
cantly modulated by the pseudo-turbulence induced by the
bubbles. The coupling between the continuous phase (liquid)
and the dispersed one (gas bubbles) controls the interfacial
transfers. Turbulence and pseudo-turbulence are basically two
different phenomena associated to different scales. Turbulence
models based on the separation of turbulence and pseudo-
turbulence contributions lead to an improved description of the
two-phase turbulence structure, in particular, in bubble-
columns or airlifts, where the structure of the flow is governed
by buoyancy effects and the role of the bubble induced
turbulence is of great importance.

The turbulence closure is based on the turbulent viscosity
issued from second order turbulence closure (Eq. 6). This
turbulent viscosity is generated using a three equation turbu-
lence model.18 The transport equations of the three equation
turbulence model have been modeled as follows:

D

Dt
k0 ¼ Csk

ð1� aÞ
@

@xj
ð1� aÞðstk0 þ sbkSÞ @k0

@xj

� �

þVt

@ui
@xj

@ui
@xj

þ @uj
@xi

� �
� e0 ð7Þ
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D

Dt
kS ¼ Csk

ð1� aÞ
@

@xj
½ð1� aÞðstk0 þ sskSÞ� @kS

@xj
þ 1

4

D

Dt
ak uR! k2

(8)

D

Dt
e0 ¼ � Cse

ð1� aÞ
@

@xi

k0
e0
ð1� aÞu0ku0l

@e0
@xk

� �

þ e0
k0

�C1eu0iu
0
k

@Ui

@xk
� C2ee0

 !
ð9Þ

The diffusion term closure is based on second-order turbulence
modeling and has been split into ‘‘turbulent’’ and ‘‘pseudo-
turbulent’’ contributions. According to this decomposition, the
diffusion term includes the equivalent single-phase turbulent
effect Csfstk0 ¼ vt0

r/
; ðvt0 � Cl

k2
0

e0
Þ and a supplementary effect

due to the bubble motion, vb
r/

¼ Cs/ssks � Cb

r/ a db ~uRj jj j It
should be observed that turbulence and pseudo-turbulent
diffusion contributions are also related to specific time scales
related to the vortex stretching and to the bubble size and
relative velocity.

It should be recalled that the total turbulent energy k is
thus defined as the sum of the pseudo-turbulent and turbulent
parts, and st and ss are two characteristic time scales related
to the turbulence and to the bubble motion, respectively. The
characteristc time scale of bubbles is expressed in terms of
bubble diameter db and relative velocity as follows:

ss ¼ CR

db

k uR! k
(10)

and the characteristic time scale of turbulence (vortex
stretching) is classically based on turbulent kinetic energy
and its dissipation rate �0:

st ¼ k0
e0

(11)

The coefficient CR has been adjusted from the experimental
data of uniformly sheared homogeneous turbulence and its
value has been fixed to CR ¼ 2

3
,.18

The modeling of the turbulent terms related to the gas
phase, u0Giu

0
Gj constitutes a less classical issue. An elegant

method to estimate this term should be to write and solve its
transport equation. Another approach, a simpler one, is to
compare the turbulent gas velocity correlations u

02
G, v

02
G, u

0
Gv

0
G

to the liquid ones u
02, v02, u0v0

. Tchen41 was the first to con-
sider the dispersion of particles (small size, spherical shape,
and solid phase) in a turbulent field. His analytical derivation
of the trajectory of a solid particle was based on a lot of re-
strictive assumptions. In this first theory (refered to as the
Tchen-Hinze theory), the following relations between the
turbulent gas velocity covariance and the Reynolds stress
tensor in the liquid was obtained:

uGi0uGj0 ¼ CTchen�Hinzeui0uj0 (12)

The detailed expression of the coefficient CTchen-Hinze is not
reported here, but will be introduced in the discussion section
of this article. The Tchen-Hinze coefficient depends on a ratio
g of characteristic time scales of the turbulence st and of the
bubble ss. Thus, one can consider two asymptotic trends for

the parameter g. For small values of g, (st � ss), the Tchen-
Hinze coefficient is close to 9, whereas for large values of g,
the Tchen-Hinze coefficient is close to unity. Deutsch,42

following Csanady,43 proposed an extension of Tchen- Hinze
theory accounting for crossing trajectory effects. However, it
is important to emphasize that Tchen- Hinze’s theory is only
valid for dispersed two-phase flows transporting particles with
small sizes in comparison with the smallest turbulent
fluctuation scales (Kolmogorov micro-scale). In the case of
bubbly flow, the hypothesis of small particle size may often
not be-valid. Thus, bubbly flows may require a more complex
model, to represent the turbulent fluctuations of the dispersed
phase as a function of the turbulent fluctuation of the
continuous phase. In a first step of analysis of the weight of
interfacial transfer modeling on phase distribution in an airlift
reactor, we will assume a simple proportionality relation.
Thus, we propose to substitute in Eq. 12 the following
expression:

uGi0uGj0 ¼ C ui0uj0 (13)

to highlight the effect of these turbulent correlations on the
momentum transfer and thus on the phase distribution of the
gas. The main issue of this article is to highlight the role of
turbulent contribution of added mass in the modeling of gas
dispersion. It is not to model C but to analyze the sensitivity of
numerical results to the value of C to estimate the order of
magnitude of this coefficient C, which relates turbulent
correlations in the gas to the Reynolds stress in the liquid.
Of course, the range of magnitude of C is based on the
expression proposed by Deutsch and derived from Tchen
theory.

Interfacial momentum transfer modeling

Before addressing the closure issue of the interfacial mo-
mentum transfer, it is instructive to better understand the
hydrodynamics of airlifts reactors. Indeed, in such a reactor,
the two-phase flow is mainly controlled by momentum bal-
ance, Eqs. 3 and 4. Neglecting acceleration and gas weight
compared with the force exerted by the liquid on the gas,
Eq. 4 indicates that the resulting force on the bubbles is
zero:

� a
@p

@xi
þ aMGi � 0 (14)

Combining the momentum equations of the liquid and of the
gas (3) and (4), the two-fluid model may be rewritten in a
different form. With the simplified form of the momentum
equation for the gas (Eq. 14), the momentum equation of the
gas-liquid mixture becomes:

qð1� aÞDui
Dt

¼ � @ðpþ q g xiÞ
@ xi

� @

@ xi
qð1� aÞu0iu0j
h i

þ q a gi

(15)

Equation 15 indicates that the motion of the liquid phase is
similar to that of a single-phase flow in the presence of a
buoyancy force aqg. This expression highlights the effect of
buoyancy, which is a characteristic behaviour of airlift reactors
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as well as bubble columns. In such bubbly flows, the void
fraction distribution determines the hydrodynamics of the
reactor. Thus, accurate modeling of the interfacial momen-
tum transfer, which controls the local bubbles distribution
through the reactor, is particularly important for suitable
prediction of such buoyancy driven bubbly flows. Therefore,
the main issue of this article is to analyze gas dispersion
modeling.

The interfacial momentum transfer term is usually mod-
eled as the average force exerted by the liquid on the bub-
bles. Based on the analysis of pipe bubbly flow under micro-
gravity conditions, Chahed et al.26 showed that the turbulent
contribution in the momentum transfer was important. They
proposed to reconsider the turbulent term due to the added
mass force in the formulation of the interfacial term. Lift
force is neglected in this work, and no additional term of
turbulent dispersion needs to be introduced. The interfacial
transfer of momentum is modeled as follows:

MGi ¼�q
uRi
sb

�CAqðdGuGi
dt

�Dui
Dt

Þ�CA

a
q

@

@xj
ðau0Giu0Gj � au0iu

0
jÞ

(16)

where uR is the relative velocity of the bubbles.
The interfacial averaged force contains, respectively, drag

force (term with a characteristic time scale sb), added mass
force (first term with a coefficient CA), and a specific turbu-
lent term issued from the averaging of the added mass force
(second term with a coefficient CA). The main originality of
this expression is due to the formulation of the interfacial
force especially concerning the derivatives involved in the
added mass force. The different terms involved in momen-
tum transfer will be shortly discussed.

Drag.

The momentum transfer induced by the drag is expressed
as follows:

MD
Gi ¼ �q

uRi
sb

(17)

The bubble time scale sb is defined as follows:

sb ¼ 4

3

4b

CD

��� uR! ��� (18)

where CD is the drag coefficient. Bel F’dhila and Duineveld44

found a good correspondence between experimental values of
the drag on a bubble in contaminated water by using the
expression of the drag coefficient CD for rigid spheres with
large values of Reynolds numbers between 50 and 200.45 The
effect of the contamination of the water makes the bubble
rigid so that its drag is comparable to that of a rigid sphere.
Zuber and Ishii46 proposed a correlation which takes into
account this phenomenon by expressing it in terms of the
Eötvös number that represents the relationship between
buoyancy and the effects of the superficial tension. The
expression proposed by Zuber and Ishii46 for distorted bubbles
is given by:

CD ¼ 2

3
E
1=2
0 (19)

where the Eötvös number is defined as:

E0 ¼ Dq g db
2

r
(20)

For a bubble size of 3–4 mm, the drag coefficient is close to
unity, as expected after Talvy et al.38

Added Mass. The momentum transfer induced by the
added mass is expressed as follows:

MAM
Gi ¼ �CAqðdGuGi

dt
� Dui

Dt
Þ (21)

where CA is the added mass coefficient, equal to 0.5. Several
authors33,37 considered that, in a steady-state and fully
developed flow as it is the case in airlift reactor (at least
far from the gas injector), the effect of the added mass force
is weak in comparison with the mean drag force. In unsteady
flows, Leon Bécerril and Liné47 showed that the added mass
term was essential to initiate the instability phenomena
occurring at the transition between homogeneous and
heterogeneous flow in bubble columns. In particular, in such
a heterogeneous regime, local accelerations occur and the
added mass force can become significant with regard to the
drag. In addition, the turbulent fluctuations of the added mass
force may result in an average effects that certain authors
analyzed and that turns out to be determining in some typical
bubbly flows (two-phase flow with bubbles in an abrupt
extension, Bel F’Dhila22 and micro-gravity experiments,
Chahed5)

Turbulent Contribution of Added Mass. In this work, the
momentum transfer induced by the turbulent contribution of
the added mass is expressed as follows:

MTAM
Gi ¼ CA

a
q

@

@xj
ðau0Giu0Gj � au0iu

0
jÞ (22)

Given the relation between the turbulent terms related to the
gas phase, u0Giu

0
Gj and the Reynolds stresses in the liquid (Eq.

13), one can write:

MTAM
Gi ¼ �CA

a
q

@

@xj
aðC� 1Þu0iu0j
h i

(23)

Turbulent Dispersion. Several modeling works adopted
the formulation of a turbulent contribution of the interfacial
transfer.48–51 These models where the turbulent dispersion is
proportional to the gradient of void fraction were reviewed
by Moraga et al.52 However, the simulations of bubbly flows
under microgravity conditions26 indicate that this modeling
is insufficient as it cannot reproduce the inversion of the pro-
file of void fraction which is observed in microgravity. No
turbulent dispersion term will be included in the present
work.

Lift. By definition, it is the orthogonal force at the slip
velocity and it takes into account the radial displacement of
the bubble induced by its rotation around its axis. Numerical
works53,54 show that the lift coefficient depends strongly on
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the value of Reynolds number and on the size of the bubble,
so that it can take negative values below a certain size. The
modeling of the lift force has been discussed by Sokolichin
et al.55 The authors pointed out that the lift force has been
used as a parameter improving the simulations without basic
justifications. Consequently, the lift force will be neglected
in the following.

Experiments

Airlift reactor

The internal loop airlift reactor is a parallelepiped vessel
of 3 m height and 0.5 m width and depth (Figure 1). It is
equipped with an internal baffle, located in its middle (h ¼
2.35 m high). The baffle position is fixed (150 mm above
the bottom). The reactor is initially filled up with tap water,
up to 2.6 m high. The pilot can be divided in four sections:
an upward flow aerated section (the riser), the free surface
flow above the internal wall, a downward flow less aerated
section (the downcomer), and the flow below the internal
wall, including the gas injector, usually called sparger. The
global liquid circulation is induced by air injection, which is
maintained by horizontal cylindrical membrane spargers
(Flexazur T415 membrane covering Plexiglas cylinders),
located at the bottom-right of the reactor. The outside diame-
ter of each cylindrical membrane sparger is 40 mm. The axis
of the cylindrical membrane spargers is located at 100 mm
above the bottom of the pilot. The injectors being made
from a perforated membrane, the bubble diameters are cali-

brated by the superficial gas velocity. The superficial gas
velocity is equal to 1.7 cm/s and is the same than the ve-
locity used in the works of Couvert,56 Cockx,57 and
Talvy et al.38

Material and methods

Two classical techniques are used in this study to charac-
terize the two-phase flow in the airlift reactor. The hot wire
anemometer enables to measure the mean and fluctuating
components of the liquid velocity and the optical bi-probe
measures the gas holdup and the bubble velocity.

The hot film anemometer is used to measure the velocity
of the liquid phase. In this study, it is composed of a single
cylindrical hot film probe (Dantec, 55R11) and a constant
temperature anemometer (Dantec). A National Instruments
data card permitted to acquire the signal of the film with a
frequency selected to be 10 kHz and measurements were
recorded for 75s. It should be recalled that the passage of a
bubble on the film causes a sudden change in heat transfer,
represented by a succession of high and low peaks in the
signal of the voltage recorded by the data acquisition card
(Figure 2a). A phase discrimination algorithm described by
Farrar and Bruun58 and developed by Larue de Tournemine59

permitted to eliminate the portion of the signal related to the
bubble passage, and finally, we obtain a signal associated
only to the instantaneous liquid velocity (Figure 2b).

A double optic probe (RBI) is also used in this experi-
ment. Infrared light, generated by an opto-electronic module
is transmitted into each glass fiber. Considering the differ-
ence of refractive index between air and water, when liquid
wets a probe tip the light is refracted whereas when a gas
bubble passes through the probe it is reflected. Thus, after
data processing, the signal is binarized3,8,60,61 for a descrip-
tion of the signal processing algorithms): a value equal to 1
corresponds to the gas phase and 0 for the liquid. One
obtains an experimental Heaviside function accounting for
the occurrence of gas phase at a given point. Thus, one can
estimate the local gas fraction by ensemble averaging. The
diameter of the optical fiber is one-order of magnitude
smaller than the bubble size (bubbles of several millimeters);
thus, most of the bubbles are pierced by the optical probe
and deflected effects are small.

In addition, two optical probes are used. Their tips are dis-
tant by 0.001 m. National Instruments data card connected

Figure 1. Airlift internal loop reactor.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 2. (a) Raw signal of hot wire anemometer in
bubbly flow; (b) processed signal of hot wire
anemometer in bubbly flow.
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to the computer enables to acquire the signal of the two
probes with a frequency chosen equal to 10 kHz. To calcu-
late the bubble velocity, it is necessary to estimate the flight
time between the two probe tips. Thus, one must associate
the front of a given bubble in the two signals. Inter-correla-
tion function is performed to determine this time scale.
Finally, we can calculate the mean velocity of individual
bubbles. Statistical is then necessary to estimate the average
value of gas bubble velocity.

The d32 diameter has been statistically determined. Hori-
zontal profiles of the statistical d32 diameter are plotted on
Figure 3 for two different heights (H ¼ 1.24 m and 2.12 m).
It can be seen that there is no significant evolution of d32 di-
ameter in the horizontal direction or in the vertical direction.
Therefore, the mean diameter of the bubbles will be consid-
ered as constant in the simulations, coalescence, and break-
up being neglected. One can recall that the size of the bub-
bles injected in the airlift reactor can be estimated to be
close to 3.5 mm.62

The experimental distribution of bubble cords is plotted
on Figure 4. These measurements confirm that the membrane
injector generates monodispersed bubbles. Figure 3 showed
that the Sauter diameter is close to 3.5 mm. It is clear from
the Figure 4 that the maximum diameter of the bubbles is
between 4.5 and 5 mm. One can recall that for spherical
bubbles with a volume 4

3
p r3b and a projected area (normal

to the probe) equal to p r2b, the average chord is equal to the
ratio volume over projected surface and is thus equal to 4

3
rb

¼ 2
3
db. Consequently, given a bubble diameter equal to 3.5

mm, the average size of cord for a spherical bubble would
be close to 2.3 mm, which is consistent with Figure 4.

Numerics

The closure of turbulence and interfacial forces have been
implemented in the code MELODIF and applied to various
various bubbly flow configurations, e.g., grid and pure shear
flows, mixing layer, and wake flows, Bellakhel63 and Ayed
et al.64 Melodif is a two-dimensional Eulerian code devel-
oped by EdF.23,65–67 It is based on finite difference discreti-
sation and applied to the simulation of the air lift The nu-
merical results are compared with the experimental data and

the analysis is focussed on the turbulence dispersion on the
dispersed phase. The computational domain is a 2-D grid with
134 longitudinal nodes and 27 transverse nodes. The domain
describes the experiment loop. It has a vertical length of 2.68
m and a transverse length of 0.25 m in the riser as well as in
the downcomer. Wall conditions are applied at the solid boun-
daries. The inlet section corresponds to gas injection position
were the void fraction and the gas velocity injection are fixed
according to the experimental gas flux. The bubble diameter
is set equal to 3.5 mm, which represents the average bubble
diameter observed in the experiments.

Results and Discussion

Choice of simulation test cases
Consider the simplified case of quasi-parallel 2-D flow. As

in single-phase flow, the transverse acceleration of both liq-
uid and gas are negligible in vertical 2-D flow in comparison
with the pressure and turbulence gradients. The liquid veloc-
ity components being noted u, v in the vertical (x) and in the
horizontal (y) direction, respectively, the transverse momen-
tum equations in the liquid can be reduced to:

0 ¼ � @

@y
pþ qð1� aÞv02
h i

(24)

Accounting for the previous Eq. 14 in the gas phase, one can
write:

@

@y
qð1� aÞv02
h i

þMGy ¼ 0 (25)

Following the model of Chahed, the momentum transfer
term can be derived for this simplified case. The drag
contribution, MD

Gy, to the interfacial momentum transfer,
MGy, can be written as

MD
Gy ¼ �q

vRy
sb

(26)

where vRy is the y component of the relative velocity between
the gas and the liquid. The added mass term has no mean
contribution in fully developed and steady state flow. The y

Figure 3. Experimental profile of d32 bubble diameter
at different heights in the airlift reactor (n H
5 2.12 m, ~ H 5 1.24 m).

Figure 4. Experimental distribution of bubble chords at
height H 5 2.12, for different horizontal posi-
tions.
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component of the turbulent part of the added mass can be
written as:

MTD
Gy ¼ �CA

a
q
@

@y
aðC� 1Þv02
h i

(27)

Then, inserting (26) and (27) in the momentum balance (25),
one obtains in terms of horizontal component of the relative
velocity:

vRy ¼ sb
@

@y
ð1� aÞv02
h i

� CA

a
@

@y
aðC� 1Þv02
h i� 	

(28)

A first value of the coefficient C to be tested is thus C ¼ 1. In
this case, the turbulent contribution of the added mass
vanishes. Only the drag force is accounted for.

If we develop the r.h.s. of Eq. 28, one can obtain:

vRy ¼ sb ½1� a� ðC� 1Þ� @v
02

@y
� 1þ CA

C� 1

a

8>: 9>;v02
@a
@y

( )

(29)

Considering diluted systems (a � 1) and assuming that the
added mass coefficient is equal to 0.5, a second value of the
coefficient C to be tested is C ¼ 3. In this case, the first term
on the r.h.s. of Eq. 30 vanishes and only the gradient of gas
fraction remains.

Another more complex expression to be tested is the
expression proposed by Deutsch.42

C ¼ CDeutsch ¼ b2 þ gr
1þ gr

(30)

The parameter b is defined as follows:

b ¼ 1þ CA

qG=qþ CA

(31)

In air-water flow, the density ratio is such that b is close to
1þCA

CA
¼ 3. gr is the ratio of the characteristic time scale of the

turbulence seen by the gas phase, denoted stGL and the
characteristic time scale of the bubble entrainment by the
liquid motion sFGL:

gr ¼
stGL
sFGL

(32)

where sFGL is given by

sFGL ¼ sb
qG
qL

þ CA

8>>: 9>>; (33)

and stGL includes the crossing trajectory effects. It is expressed
as

stGL ¼ stL
rkL

ð1þ Cbf
2
r Þ�1=2

(34)

The turbulence time scale stL is given by

stL ¼ 3

2
Cl

k

e
(35)

and fr is defined as the ratio of relative velocity of the bubbles
and r.m.s. turbulence:

fr ¼
k uR! kffiffiffiffiffiffiffiffiffiffi
2k=3

p (36)

Such a crossing trajectory effect accounts for the interaction
between bubbles and large turbulent eddies. One must
consider the interaction in the direction of the slip velocity
between the bubbles and the liquid; in this case, the value of
Cb is taken to 0.45, whereas the value is fixed to 1.8 when the
interaction occurs in the transversal direction.

Returning to the definition of the Deutsch coefficient, two
asymptotic cases can be considered: when the ratio gr is
large compared with unity, the coefficient tends to unity.
The value C ¼ 1 has already been considered. When the ra-
tio gr is small compared to unity, the Deutsch coefficient
tends to b2 ¼ 9. This last value C ¼ 9 will be tested in our
simulations. In conclusion, four values of coefficient C will
be tested C ¼ 1, C ¼ 3, C ¼ 9, and C ¼ CDeutsch.

Results

In the following, the analysis is focused on the role of the
turbulence in the void fraction distribution in the air lift.
This analysis is based on numerical simulations using the
Eulerian-Eulerian two-fluid model. The numerical results are
compared with local experiment data.

It should be recalled that the objective of the numerical
analysis is to point out the importance of the term related to
the turbulent contribution of the added mass force in the mo-
mentum balance. As shown by Eqs. 22 and 23, this term
comprises the turbulent correlations both of gas and liquid.
Indeed, using a dispersion model, one can relate the turbu-
lent correlations of the gas to the turbulent correlations of
the liquid. In an attempt to evaluate the importance of these
turbulent contributions, three particular situations are tested,
with constant values of the coefficient relating the turbulent
correlations of the gas phase to that of the liquid one (C ¼
1,3, and 9). A complementary simulation has been per-
formed using the dispersion of Deutsh model, which is based
on Tchen theory. The results obtained with Deutsch model
are close to the results obtained with a constant value C ¼ 3
and thus will be discussed together. Recall that turbulence
isotropy is assumed:

u02 ¼ v02 ¼ 2

3
k and u02G ¼ v02G ¼ 2

3
C k (37)

In the first simulation, the C coefficient is set equal to unity.
Thus, the turbulent contribution of the added mass force is
omitted. The three other simulations take into account the
turbulent contribution of added mass. Two simulations are
performed with different constant values ofC coefficient (C¼ 3
and C¼ 9). A last simulation takes into accounts the expression
of Deutsch (C ¼ CDeutsch) given by Eq. 30.

Figures 5a,b concern the longitudinal distributions of the
gas fraction averaged in a cross section of the airlift, in the
riser and in the downcomer, respectively. The numerical pro-
files are compared with the experimental data of Couvert.56

The profile of gas fraction obtained with a constant value of
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the coefficient equal to 3 as well as the profile of gas frac-
tion obtained with a value of the coefficient corresponding
to Deutsch proposal are very close to each other (in fact
they overlap completely for 1.2 \ x \ 2.5) and follow the
experimental trends. In the riser, these two numerical profiles
reproduce the constant gas fraction 1 m downstream of the
sparger, whereas in the dowcomer, the length of the aerated
region located in the upper part of the downcomer is well
predicted. Increasing the value of the coefficient to 9 over-
predicts the dispersion of the gas. The profiles are almost

flat both in the riser and in the downcomer, with a signifi-
cant overestimation of the aeration of the dowcomer. The
smallest value of the coefficient C equal to unity give poor
predictions, both in the riser, where the profile of gas frac-
tion is unstable and in the downcomer, where the length of
the aerated region located in the upper part of the down-
comer is underpredicted.

One can explain some of these trends by comparing, as
shown on Figure 6, the simulated values of the liquid veloc-
ity in the lower part of the downcomer to PIV profile
obtained by Cockx.57 Here again, there is a very good pre-
diction of the downward liquid velocity with a constant
value of the coefficient equal to 3 as well as with a value of
the coefficient corresponding to the Deutsch relation. This is
consistent as there is a strong relation between aeration of
the airlift in the riser and in the downcomer and the resulting
liquid circulation, induced by this difference of weight of col-
umn between the riser and the downcomer. The underestima-
tion of the aeration of the downcomer observed for C ¼ 1
corresponds to an underestimation of the liquid velocity.

The new data acquired in the frame of this study allow a
more detailed analysis of each one of these simulations. Fig-
ures 7 and 8 show the horizontal profiles of void fraction

Figure 6. Transversal profile of the vertical component
of liquid velocity in the downcomer at a
height x 5 60 cm above the bottom, com-
pared with PIV experiments.

Figure 5. Longitudinal evolution of gas fraction in the:
(a) riser compared with the data of Couvert;56

(b) downcomer compared with the data of
Couvert.56

Figure 7. Horizontal profile of void fraction: experiments
(full diamonds) compared with simulations.

Figure 8. Horizontal profile of mean liquid velocity:
experiments (full diamonds) compared with
simulations.
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and liquid velocity produced by the model in the riser, at a
height of 2 m, for the four expressions of coefficient C.

Simulations Performed with C 5 1. In Figure 7, the
simulated void fraction profiles are compared with the exper-
imental data obtained at this section. Without turbulent con-
tribution due to the added mass force (C ¼ 1), the void frac-
tion profile shows that the bubbles go toward the region
where the turbulence is high, e.g., the pressure is low, close
to the internal wall of the airlift reactor. In fact, Eq. 24 indi-
cates that the pressure and the turbulence vary in opposite
directions. Referring to Eq. 29 and considering C ¼ 1, the y
component of the relative velocity can be expressed as:

vRy ¼ sb
@

@y
ð1� aÞv02
h i

¼ � sb
q
@ p

@ y
(38)

Clearly, when solely drag is considered, the momentum
balance (38) indicates that the sign of the y component of the
relative velocity of the bubbles, vRy

, is opposite to the sign of
the pressure gradient @p

@y it means that the bubbles move toward
low pressure regions (yRy

[ 0 as long as @p
@y \ 0), which

correspond also to high level of turbulence (@v
02

@y [ 0). The
bubble migration toward the low pressure region produces a
void fraction peaking. This trend is probably accentuated by
the fact that the simulation is performed in 2-D. The buoyant
effect due to the large void fraction in this region induces a
significant acceleration of the liquid (Figure 8) and generates a
significant shear stress. As a consequence, the turbulence
production is enhanced and the simulation produces an
increase of turbulent kinetic energy (Figure 9).

One can observe, in Figures 8 and 10, that the simulation
corresponding to C ¼ 1 is unable to reproduce the liquid
and gas velocity profiles. Without physical modeling of dis-
persion, the simulated gas plume remains a nondispersive
jet. The void fraction peaking produced by the simulation (C
¼ 1) is not observed in the experiments nor the buoyant
effect that accelerates the liquid in the high void fraction
zone. Note also that the turbulence level produced in the
shear zone is overestimated in comparison with the experi-
mental data.

Simulations Performed with C ¼ 3 and C ¼ CDeutsch. -
When the turbulent term due to the added mass force is
introduced, the bubble migration toward the low pressure
region is counterbalanced and the void fraction profile is sig-
nificantly modified. In simulations SIM2 and SIM3, the peak
of void fraction predicted by C ¼ 1 is attenuated and moves
toward the center of the riser. Thus, accounting for gas dis-
persion, both the void fraction profile (Figure 7) and the gas
and liquid velocity profiles (Figures 8 and 9) are more ho-
mogeneous and satisfactorily close to the experiments.

Referring to Eq. 30 and considering C ¼ 3, the y compo-
nent of the relative velocity can be expressed as:

vRy ¼ �sb 1þ CA

C� 1

a

8>: 9>;v02
@a
@y

� � 2

3

sb
a
k
@a
@y

(39)

In the case of a vertical gas plume, this term clearly shows that
when the gas fraction decreases in the horizontal direction (@a

@y
\ 0), for instance from the inside to the outside of the plume,
it corresponds to a positive value of the y component of the
relative velocity, resulting in a horizontal expansion of the gas
plume. One can thus clearly explain the dispersion induced by
this term. Consequently, the dispersion of the gas is larger for
C ¼ 3 than for C ¼ 1 and is closer to the experiments.
SIM3. The expression of Deutsch coefficient has been
given in Eq. 30. Recall that in air-water flow, the value of
the parameter b is b ¼ 3. In a previous work, Talvy et al.38

have determined the expression of the ratio as follows:

gr ¼
1

4

K
rb

1

CA

(40)

where rb is the bubble diameter and K is the turbulent Taylor
macroscale. It can be scaled as:

K ¼ j

C
3=4
l

y � 2:5 y (41)

where y is the distance to the wall. Given a bubble radius equal
to 1.5 mm, when the distance to the wall varies between 3, 6,
9, 12, and 15 mm, the ratio gr varies between 1, 2, 3, 4, and 5,
and the Deutsch coefficient decreases between 5, 4, 3, 2.6, and

Figure 9. Horizontal profile of r.m.s. liquid velocity:
experiments (full diamonds) compared with
simulations.

Figure 10. Horizontal profile of mean gas velocity:
experiments (full diamonds) compared with
simulations.
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2.3. Consequently, it is obvious that a constant value of C ¼ 3
corresponds fairly to the order of magnitude of the Deutsch
coefficient.

Simulations Performed with C 5 9. For the highest value
of C coefficient (C ¼ 9), the void fraction profile is com-
pletely inverted: just like in microgravity, the bubbles seem
to escape the low pressure region (where the turbulence is
high). Two symmetric void fraction peaks appear close to
the walls. As a consequence, a non physical acceleration of
the liquid (and the gas) velocity is simulated close to the
wall of the airlift reactor. Clearly, overestimating C leads to
unphysical void fraction peaks controlled by an overestima-
tion of the role of turbulent kinetic energy gradient on the
transverse migration of the bubbles.

The sensitivity analysis of the turbulent term due to the
added mass force significantly modifies the void fraction
profiles predicted by the numerical simulations, as compared
to the experimental data (Figure 7). As a consequence, the
effect of buoyancy is more homogenous and the average ve-
locity profiles are strongly reorganized (Figures 8 and 10);
the profiles of the turbulent energy follow this trend (Fig-
ure 9): as the shear is reduced, the turbulence production is
decreased and the level of the turbulence is reduced. The
simulations with the coefficient value C ¼ 3 give good
prediction in comparison with the experimental as well as
predictions using CDeutsch coefficient. One can observe (Fig-
ure 11) that the value of the coefficient CDeutsch is close to 3,
except close to the walls, where it is slightly larger. It should
be observed that when the void fraction prediction is
improved, the whole hydrodynamic of the internal loop gas-
liquid airlift reactor is better predicted. Recall that, when the
value of the coefficient C is close to 3, the effect of the tur-
bulence on the bubbles distribution is inverted and the nu-
merical results confirm this outcome. Accordingly depending
on whether C is greater or lower than 3, the effect of the
first term of the r.h.s. of Eq. 29 is inverted.

Discussion

In the discussion, it is interesting to compare this model
to previous attempts of modeling of gas dispersion. Two
works have been retained in this discussion, the model of
Lopez de Bertodano and the model of Simonin.

Consider one more time the simplified case of quasi-paral-
lel 2-D flow. The term including momentum transfer in the
model of Chahed et al.26 can be expressed as:

MGy ¼ �q
vRy
sb

� CA

@
q
@

@y
aðC� 1Þv02
h i

Considering the coefficient C to be constant and assuming
isotropic turbulence, one can write:

MGy ¼ �q
vRy
sb

� 2

3

CA

a
ðC� 1Þq @

@y
½a k� (42)

Clearly, this model accounts for both the gradient of gas
fraction and the gradient of turbulent kinetic energy. Given a
value of C ¼ 3 which was shown to give good results and
given a value of the added mass coefficient equal to 0.5, the
previous relation becomes:

MGy ¼ �q
vRy
sb

� 2

3

1

a
q
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@y
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q
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3
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@y

(43)

where the two last term of r.h.s. of Eq. 43 come from the
turbulent contribution of the added mass:

MTAM
Gy ¼ � 2

3

1

a
q
@

@y
½a k� ¼ 2

3
q
k

a
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@y

2

3
q
@k

@y
(44)

This expression takes into accounts the gradient of gas fraction
and the gradient of turbulent kinetic energy. In their model,
Bel F’dhila and Simonin23 introduced both the turbulent
contribution of the added mass and the concept of drift
velocity in the definition of drag. The term including
momentum transfer in the model of Bel F’dhila and Simonin23

can be expressed as:

MGy ¼ �q
vRy � vdrift;y

sb
� CA

a
q
@

@y

2

3
qG � 1

3
qLG

� �
a

� �
(45)

qG denotes the turbulent kinetic energy of the gas phase and
qLG denotes the co-variance between fluctuating velocities of
the continuous flow and gas bubbles. Following Simonin and
Viollet,65 one can introduce the expression of the kinetic
energy of the gas phase

q2G ¼ b2 þ gr
1þ gr

k (46)

The co-variance between fluctuating velocities of the con-
tinuous flow and gas bubbles is written as

qLG ¼ 2
bþ gr
1þ gr

k (47)

Figure 11. Horizontal profile of Deutsch coefficient
derived from the simulation.
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where b and gr are, respectively, given by Eqs. 31 and 32. The
added mass term proposed by Simonin can be simplified as
follows:

MTAM
Gy ¼ � 2

3

CA

a
q
@

@y

bðb� 1Þ
1þ gr

a k

� �
(48)

If this term is developed, assuming the ratio gr is nearly
constant, one obtains:

MTAM
Gy � CAbðb� 1Þ

1þ gr
� 2

3
q

@k

@y
� 2

3
q
k

a
@a
@y

� �
(49)

Comparing Eq. 49 with Eq. 44, these expressions are

proportional. Following Talvy et al.38 the coefficient
CAbðb�1Þ

1þgr
can be estimated; when gr varies between 1 and 5, this
coefficient varies between 3/2 and 1/2. As far as different
parameters are assumed to be constant (the coefficientC and the
ratio gr) and despite the difference in their analytical deriva-
tions, the orders of magnitudes of the turbulent contributions of
the added mass term proposed by Chahed et al.26 (Eq. 44) and
Bel F’dhila and Simonin23 (Eq. 49) are close to each other.

In addition, it is interesting to focus on the drift velocity
term introduced by Bel F’dhila and Simonin23 in Eq. 45:

Mdrift
Gy ¼ q

vdrift;y
sb

¼ q
1

sb
Dt

GL

1

að1� aÞ
@a
@y

(50)

where the turbulent dispersion is given by

Dt
GL ¼ 1

3
qGLs

t
GL (51)

In Talvy et al.,36 it was shown that the dispersion coefficient
Dt

GL in air-water bubbly flow can be simplified as:

Dt
GL ¼ 1

3
qGLs

t
GL � C0Cl

k2

e
(52)

Hence, the drift term becomes:

Mdrift
Gy ¼ q

vdrift;y
sb

¼ qC0Cl
k=e
sb

k

að1� aÞ
@a
@y

(53)

which is very similar to the turbulent dispersion term proposed
by Lopez de Bertodano. Lopez de Bertodano68 did not take
into account the turbulent contribution of the added mass, but
proposed a two-fluid model including an additional term of
turbulent dispersion as follows:

MTD
Gy ¼ �CTD

a
q k

@a
@ y

(54)

The turbulent dispersion coefficient is expressed as:

CTD ¼ C1=4
l

1

Stð1þ StÞ (55)

where the local Stokes number St ¼ sb
st
LB

is the ratio of a
characteristic time scale of bubbles sb given by Eq. 18 and a
characteristic time scale of the turbulence in the liquid stLB
given by stLB ¼ C3=4

l
k
e. Thus, one can derive:
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(56)

The expressions (56) from turbulent dispersion term proposed
by Lopez de Bertodano and (53) from drift velocity term
introduced by Simonin are also similar. It should be recalled
that none of these terms have been introduced in the present
modeling.

The model of Chahed et al.18 tested here includes both the
effects of gradient of gas fraction and of gradient of turbu-
lent kinetic energy, without introducing an additional turbu-
lent dispersion term and without introducing a drift velocity.
The main difference between the turbulent contribution of
added mass derived by Chahed et al.18 tested in this article,
and by Bel F’dhila and Simonin23 comes from the definition
of material derivatives. Bel F’dhila and Simonin23 derived
the expression of the instantaneous added mass force, assum-
ing that the material derivatives associated to the phase gas
d::
dt and to the liquid phase D::

Dt were identical. Chahed et al.18

derived the formulation of the added mass taking into
account the difference between both types of material deriv-
atives, obtaining the general expression of the average and
fluctuating contributions of the mass added term which has
been used in this work. One of the main conclusions of
Talvy et al.38 was that closure accounting for the turbulent
contributions via the drift velocity improved the prediction
of the flow in the air-lift reactor. This work confirms that it
is essential to account for gas dispersion but it shows that
this can be done by simply accounting for the turbulent con-
tribution of the added mass term.

To clarify the specific effects of the two turbulent contri-
butions of the added mass force, a last series of simulations
was performed, in which only the effect of dispersion pro-
portional to the gradient of void fraction was taken into
account. In this case, the y component of the momentum
transfer (Eq. 42) is written as:

MGy ¼ �q
vRy
sb

� 2

3

CA

a
ðC� 1Þq k

@a
@y

The numerical simulations are performed with values of C
ranging from 1 to 9, and we adopt the same conditions as in the
first series of simulations. Recall that the simulation with the
coefficient (C ¼ 1) leads to a particular situation where no
turbulent contribution to the added mass has been considered.
One finds in this case the pressure effect that produces, as in
previous simulations, a peak of void fraction in the region of
high turbulence, Figure 12.

The simulations performed with C [ 1 reveal a bubble
dispersion that leads to the flattening of the void fraction
profile. When the coefficient C increases, the effect of turbu-
lent dispersion is enhanced. With the largest value (C ¼ 9),
the void fraction profile becomes almost completely flat, but
without inversion and without void fraction peak close to the
walls, as it occurs in the previous simulations carried out
with the two turbulent contributions of the added mass force.

Overall, the results produced by these last series of simu-
lations are less accurate than the results produced by the pre-
vious simulations that take into account the two contribu-
tions of the added mass force, although in both cases, the
turbulent dispersion improves the results compared with the
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case with C ¼ 1. However, it seems that the new term due
to the added mass, which is proportional to the gradient of
the turbulent energy, improves the prediction of the radial
distribution of the void fraction, although its effect appears
weaker than in the simulation of pipe bubbly flow in micro-
gravity conditions. In fact, it should be observed that in the
core of the airlift reactor, the flow is almost homogeneous
and the turbulence gradient is weak compared with the case
of bubbly flow in micro-gravity condition where the wall
turbulence produces high turbulence gradient. In micro grav-
ity, this term has a more important role since it represents
the only driving force that explains the inversion of the void
fraction gradient producing the void fraction maximum
observed in the centreline of the pipe.

Conclusions

Gas–liquid reactors are multiphase devises where the
interfacial interactions and exchanges are often the techno-
logical reason for the process. Local multiphase analysis
constitutes a decisive progress in the claboration of suitable
computational fluid dynamics tools for gas-liquid systems.
One of the main issues of the two- phase flow modeling is
to achieve a sufficiently accurate prediction of local charac-
teristics of the flow (average velocities, turbulent intensity,
and phase distribution) especially in buoyancy driven bubbly
flows such as air-lifts and bubble columns. In these particu-
lar gas-liquid systems, the gas distribution represents
the only forcing that determines the hydrodynamics in the
reactor.

The numerical and experimental analysis of the gas-liquid
flow in the airlift presented in this article aim to precise the
role played by the turbulence in the interfacial momentum
transfer. Gas dispersion in air-lift reactors is evaluated on
the basis of numerical simulations using an Eulerian two-
fluid model and the numerical results are compared to local
experimental data. The effect of the interfacial momentum
transfer modeling in the phase distribution phenomenon is
discussed and the analysis is focused on the role played by
the turbulent contributions. For this purpose, different nu-
merical simulations are performed with various interfacial

momentum transfer models and the void fraction distribution
is analysed with respect to the effect of the turbulent terms
in the interfacial momentum transfer.

The turbulence has two main effects on the gas distribu-
tion through the gas-liquid reactor: First, the turbulence of
the liquid phase induces a pressure effect that directly acts
on the bubbles displacements. Second, the interfacial mo-
mentum exchange includes beside the average contribution
(the average force) a turbulent contribution issued from the
averaging of the force exerted by the liquid on the bubbles.
The common method consists in considering only the mean
contributions of the force when the turbulent contributions
are ignored or represented by a global dispersion effect.

This work confirms that closure accounting for the turbu-
lent contributions via the drift velocity improves the predic-
tion of the flow in the air-lift reactor but it shows that this
can be done by simply accounting for the turbulent contribu-
tion of the added mass term. Indeed, the turbulent term com-
ing from the averaging of the added mass force may be split
into two turbulent terms: the first one is proportional to the
void fraction gradient and consequently has a similar effect
than the drift velocity; the second turbulent term is propor-
tional to the gradient of the turbulent energy and its effect is
comparable with the effect of the pressure gradient. This
term contains turbulent correlations of the liquid and of
the gas. We have to provide accurate closures not only for
the turbulence in the liquid but also for the turbulence in the
gas. The objective of the present study is to analyze the sen-
sitivity of the model to the turbulent contribution of the
added mass force and thus a crude model for the turbulence
of the gas phase has been used. In this model, the turbulent
correlations of the gas are related to that of the liquid using
an adjustable coefficient. A constant value of this coefficient
fixed to unity suppresses the effect of the turbulent contribu-
tion of the added mass force and strongly underestimates the
gas dispersion. A constant value fixed to 9 overestimates the
gas dispersion. Indeed, the value of the coefficient fixed to 3
gives good results, in accordance with the results obtained
using Deutsch model. Therefore, from these simulations it is
clear that the expression proposed by Deutsch and derived
from Tchen theory is a good candidate to relate the turbulent
stress in the gas to the turbulent stress tensor in the liquid.

The results produced by the simulations that take into
account the two turbulent contributions of the added mass
force improve the prediction of the transverse distribution of
the void fraction. These numerical simulations and the analy-
sis of the transverse displacements of the bubbles in the air
lift provide evidence that the turbulence plays an important
part on the bubbles distribution not only by the pressure
term, but also by the turbulent contribution of the interfacial
force. Therefore, it is crucial to take into account the contri-
bution of the turbulence in the interfacial momentum trans-
fer, particularly in the added mass term. These simulations
show that the turbulent contributions of the added mass force
play an important role in the phase distribution phenomenon
and confirm previous results obtained in studying gas-liquid
bubbly flows under micro-gravity conditions. However, fur-
ther theoretical and numerical developments as well as new
specific experiments are needed to explore the role of the
other turbulent contributions in the interfacial momentum
balance.

Figure 12. Horizontal profile of void fraction: experi-
ments (full diamonds) compared with simu-
lations.
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Notation

b ¼ coefficient
C ¼ coefficient

CA ¼ added mass coefficient
CD ¼ drag coefficient
CTD ¼ turbulent dispersion coefficient

CTchen-Hinze ¼ Tchen-Hinze coefficient
CDeutsch ¼ Deutsch coefficient

Cb ¼ crossing trajectory coefficient
Cl ¼ turbulent viscosity constant
db ¼ bubble diameter, m

Dt
GL ¼ fluid-bubble turbulent dispersion, m2 s�1

Eö ¼ Eötvos number
g ¼ gravity acceleration, m s�2

jk ¼ superficial phase velocity, m s�1

k ¼ turbulent kinetic energy (TKE), m�2 s�2

ks ¼ pseudo-turbulent kinetic energy (TKE), m�2 s�2

MG ¼ local instantaneous interfacial momentum transfer,
kg/m�2 s�2

MD
Gy ¼ interfacial momentum transfer associated to drag, kg m�2

s�2

MAM
G ¼ interfacial momentum transfer associated to added mass,

kg m�2 s�2

MTAM
G ¼ momentum transfer associated to turbulent contribution of

added mass, kg m�2 s�2

Mdrift
G ¼ momentum transfer associated to drift velocity,

kg m�2 s�2

MTD
G ¼ interfacial momentum transfer associated to turbulent

dispersion, kg m�2 s�2

p ¼ pressure, kg m�1 s�2

qG ¼ turbulent kinetic energy in the gas phase, m�2 s�2

qLG ¼ co-variance between fluctuating velocities of liquid and
bubbles, m�2 s�2

Re ¼ Reynolds number
rb ¼ bubble radius, m
St ¼ Stokes number
t ¼ time, s
u ¼ local instantaneous liquid velocity, m s�1

uG ¼ local instantaneous gas velocity, m s�1

u
0
k ¼ local instantaneous turbulent component of phase

velocity, m s�1

u
0
Giu

0
Gj ¼ gas phase Reynolds stress tensor, m2 s�2

u
0
iu

0
j ¼ liquid phase Reynolds stress tensor, m2 s�2

uR ¼ relative velocity, m s�1

vdrift ¼ drift velocity, m s�1

x ¼ vertical coordinate, m
y ¼ horizontal coordinate, m

Greek letters

a ¼ gas fraction
j ¼ von Karman constant
dij ¼ Kronecker symbol
e ¼ dissipation rate of the TKE, m2 s�3

U ¼ instantaneous variable
K ¼ Taylor macroscale of the turbulence in the liquid phase, m
q ¼ liquid density, kg m�3

qG ¼ gas density, kg m�3

s ¼ characteristic time scale, s
sb ¼ bubble characteristic time scale, s

stGL ¼ characteristic time scale of the turbulence seen by the gas
phase, s

sFGL ¼ characteristic time scale of bubble entrainment by liquid
motion, s

stI ¼ turbulent characteristic time scale, s

Vt ¼ turbulent viscosity, m2 s�1

fr ¼ ratio of the characteristic time of the turbulence in the
liquid and the characteristic time scale of the bubble
necessary to cross the containing energy eddies

gr ¼ ratio of the characteristic time scale of the turbulence
seen by the gas phase, denoted stGL and the characteristic
time scale of the bubble entrainment by the liquid motion
sFGL

r ¼ surface tension, kg s�2
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